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ABSTRACT 

Existing pressure drop model (PDM) ignores the particle sinking phenomenon 

in airlift devices and predict a much lower value than the actual one, which 
causes poor performance in the design and operation of airlift device. To solve 

this problem, a new PDM was proposed by considering this sinking 

phenomenon. Firstly, the particle sinking velocity in the airlift device was 

analyzed. Then, the phase volumetric fraction and phase velocity were 

calculated by considering this sinking effect. At last, a new pressure drop was 

derived from the calculated volumetric fractions and velocities. A distribution 

calculation method was proposed for calculating this new method and an 

experiment was conducted to verify the correctness of this new model. It was 

found that this new model has a high prediction accuracy with an error margin 

of 11%, which improves 12% compared with traditional models. This 

investigation proposed an accurate PDM and illustrated the effects of the particle 

sinking phenomenon on the hydrodynamics of gas liquid particle flow, which 
not only fills the gap in the PDM for ore airlift device, but also is beneficial to 

improve pump performance for high-efficiency transportation in ocean 

engineering. 
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1. INTRODUCTION 

The exploitation of oceanic ore resources is gaining 

increasing urgency due to the depletion of land-based 

mineral resources, which are inadequate to satisfy societal 

demands. Nonetheless, the ore is not easy to be airlifted in 

a rising pipe from a deep seabed to the surface. One of the 

bottleneck problems in ore transportation is particle 

sinking, aggregation, and finally clogging the rising pipe. 
While this blockage phenomenon occurs unpredictably, its 

consequences can be financially catastrophic due to 

system failures, or even pipeline ruptures. (Zhu et al., 

2024). Pressure drop is directly responsible for blockage 

problem because it is a driving force to overcome the 

particle sinking. A small pressure drop causes a blockage 

problem while a large one wastes pump energy. A proper 

pressure drop is very essential and its accurate model is 

also crucial for improving the ore transport capacity and 

for releasing the contradiction between the short supply of 

ore resources and the rapid economic development. 

It is not easy to propose a pressure drop model (PDM) 

in an airlift device, because particle has a complex 

movement in gas-liquid flow. Existing models for airlift 

devices usually regard the particle phase as a part of the 

liquid phase simplifying the three-phase flow into a gas-

liquid two-phase flow. For example, Fadlalla  et al. (2023), 

Guo et al. (2020) and Kurimoto et al. (2020) proposed a 

pressure drop for airlift device by supposing the liquid-

particle phase as a slurry phase. Hu et al. (2015), Dehkordi 

et al. (2019) and Lv et al. (2024) estimated the pressure 
drops in Taylor bubble segment and liquid slug segment, 

respectively, according to the flow structure in the airlift 

device. Singh et al. (2020) modified this PDM by 

estimating the mean velocity, mean density of the liquid-

particle slurry phase for better predicting the 

hydrodynamic parameters of this slurry phase. Takano et 

al. (2023), Höhn et al. (2025), Sakaguchi et al. (1993) 

further investigated the friction of the liquid- particle 

slurry phase with the pipe wall and proposed a more 

accurate PDM for airlift device. These investigations are 
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NOMENCLATURE 

A  pipe cross sectional area  vbt Taylor bubble velocity in stagnant liquid 

a0  particle distribution index  vsw meaning sinking velocity in slug flow 

a1  
first-order coefficient of the Taylor bubble 

length 
 vst sinking velocity in liquid film 

a2  first-order coefficient of the liquid slug length  vsl particle sinking velocity in bubbly flow 

b1 constant coefficient of the Taylor bubble length  P pressure 

b2 constant coefficient of the liquid slug length  ReLS gas-liquid Reynolds number in liquid slug 

Bo1 Bond number  ReL  liquid Reynolds number 
CD drag coefficient of particle in liquid flow  S particle specific density 

c particle distribution coefficient in slug flow  W concentration coefficients of particle 

c0 Taylor bubble velocity distribution parameter  x a ratio of gas mass flow to mixture mass flow 

cs particle distribution parameter  Y concentration coefficients of liquid 

D pipe diameter  z flow distance 

ds particle diameter  ρ density 

Fa  inertia force  ρA apparent density of the three-phase mixture 

Fw friction between mixture fluid and pipe wall  ρSL mean density of the liquid-particle slurry 

FrL Froude number.  α volumetric fraction 

g gravitational acceleration  μl liquid kinematic viscosity 

j superficial velocity.  γ an empirical constant 
L length.  λL  friction coefficient 

m mass flux of the gas liquid particle mixture  Φ two-phase multiplier 

v phase velocity    

 
useful for solid fluidization exploitation of marine gas 
hydrate in which particle has a good following velocity 

with that of the liquid phase. In the context of standard 

ocean engineering exploitation, prevailing models 

generally predict values notably lower than the actual 

ones. Such disparity can result in suboptimal functioning 

of airlift devices when employed in real ore transportation 

activities. The reason for this discrepancy lies in the 

unique sinking behavior exhibited by ore, necessitating its 

inclusion in PDM. 

The particle sinking phenomenon in airlift device is 

much more complex than that in pure liquid flow, because 

an intermittent slug flow structure, characterized by an 
alternate change of Taylor bubble segment (TB) and liquid 

slug segment (LS), dominates the performance of airlift 

device, as reported by many researchers (Mohmmed et al., 

2021; Teng et al., 2021; Wang et al., 2021). The sinking 

velocity in TB segment is a free setting velocity in 

stagnant liquid flow, while in the LS segment, it is the 

settling velocity in gas-liquid bubbly flow. A few 

researchers also tried to illustrate it in these two segments. 

For examples, Polorigni et al. (2021), McKay et al. (1988) 

proposed a correlation for particle in liquid flow in TB 

segment. Mclaren et al. (2021) proposed a correlation for 
particle sinking velocity in bubbly flow. Wang et al. (2020) 

further made statistics for the particle sinking velocity in 

these two segments and formed a mean sinking velocity 

for slug flow. But these are not enough to illustrate the 

total effect of sinking phenomenon on the hydrodynamics 

of the mixture flow in airlift device.  

In fact, this complex sinking phenomenon would 

greatly affect the phase velocity and distribution in airlift 

device. Firstly, the sinking phenomenon directly affects 

the phase velocity in mixture flow, because it changes the 

turbulent environment and produces an additional drag 

force on gas-liquid flow (Huang et al., 2017; Toghraie et 

al., 2018). Many researchers investigated the effects of 
sinking particle and tried to estimate the phase velocity 

with considering this sinking effect. For example, 

Sakaguchi et al. (1993) found that the gas drift velocity in 

liquid-particle phase decreases when the particle 

concentration in slug flow increases, and he extended 

Taylor bubble velocity in gas-liquid flow into gas-liquid-

particle flow by modifying the drift velocity of Taylor 

bubble according to experimental data. Sato et al. (1991), 

Tan et al. (2021) claimed that the true particle velocity 

should be modified with considering its sinking effect and 

proposed a correlation for particle velocity by adding the 

mixture velocity and its sinking velocity. Secondly, the 
sinking phenomenon affects the phase distribution 

because sinking particle updates its location dynamically 

and produces a push on the liquid or gas phase. Until now, 

the mean volumetric fraction of three phases in airlift 

device has already experimentally been measured by 

many researchers, such as Wang et al. (2020) and 

Hanafizadeh et al. (2010). Based on these measured data, 

Wang et al. (2020) proposed a model for calculating the 

mean volumetric fraction in three-phase slug flow. These 

correlations have been proved to be useful in predicting 

the mean volumetric fraction in airlift device, but are still 
not enough to thoroughly describe the phase distribution 

in slug flow structure. In a word, the above researchers 

proved that the particle sinking phenomenon has great 

effects on the three-phase velocities and volumetric 

fractions, and some of them also proposed some 

correlations for calculating the mean velocities and 

volumetric fractions in airlift device. But they still have 

not clearly illustrated the phase distribution in the LS 

segment and TB segment. 

Pressure drop depends on phase velocity and 

distribution in the LS segment and TB segment. In 

accordance with the principle of momentum conservation, 

the pressure drop is a force balancing the mixture of gravity 
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Fig. 1 Seabed airlift device 

 

and pipe friction. However, the gravity is determined by 

phase volumetric fraction, and the friction is determined 

by phase velocity. Consequently, it becomes imperative to 

establish the correlation between volumetric fractions and 

phase velocity while accounting for the particle sinking 

effect in order to formulate a precise PDM. Subsequently, 

the sinking velocity in airlift devices was analyzed, and 

the volumetric fractions of gas liquid particle in TB 

segment and LS segment was further calculated based on 

the existing correlations of total volumetric fraction in slug 

flow. Then, the pressure drop was calculated from these 
volumetric fractions and phase velocity in TB and LS 

segments. Finally, an experimental study was conducted 

to verify the validity of this model. 

2. PARTICLE SINKING PHENOMENON IN 

SLUG FLOW 

The mining lifting structure is shown in Fig. 1. Gas is 

injected into the bottom of the airlift device, and a pressure 
drop is formed to drive the movement of ore flow. When 

the ore is lifted in this device, a slug flow with an 

intermittent structure will dominate the performance of the 

airlift device. An idealized unit cell of slug flow could be 

divided into two parts: the Taylor bubble segment (TB), 

the liquid slug segment (LS), as shown in Fig. 2. In the 

Taylor bubble segment, a bullet-shaped bubble (named 

Taylor bubble) rises upward, and its surrounding film 

inserted with some particles falls downward along the pipe 

wall. In the liquid slug segment, a gas-liquid-particle 

bubbly mixture is formed in this segment and follows its 

upriver Taylor bubble with a fast velocity.  

Many people simplify this gas-liquid-particle three-

phase as a gas-liquid two-phase flow by regarding the 

particle phase as the liquid phase, which is not accurate 

enough for PDM, because particle immersed in the liquid 

 

Fig. 2 Gas-liquid-particle slug flow unit 

 

phase usually lags behind the gas-liquid phase and would 

greatly affect the volumetric fraction and velocity of gas-

liquid phase. Thus, to propose an accurate model, it is 

necessary to analyze the particle sinking effect. 

The particles are distributed in LS segment and TB 

segment and show different sedimentation characteristics. 

Therefore, the sedimentation velocity of different 

segments is analyzed respectively, and then the average 

sedimentation velocity is calculated. 

Particles are mainly distributed in the liquid film in 
TB segment, and liquid phase in LS segment, as shown in 

Fig. 2. For particles in different segments, its sinking 

velocity is also different. It is obvious that all particles are 

fully immersed in liquid film and have no contact with the 

Taylor bubble. However, particles fully contact with the 

discrete bubbles in LS segment. Thus, the sinking velocity 

should be considered separately in these two segments. 

(1) Sinking velocity in TB segment 

Particle immersed in liquid film could be estimated 

through the free setting velocity in still liquid as follows 

(15), 

( )4
=

3

s S L
st

D L

d g
v

C

 



−
                                                            (1) 

where, vst is sinking velocity in liquid film, ρ density, ds 

particle diameter, g the gravitational acceleration, CD drag 

coefficient of particle in liquid flow, which is suggested to 

be equal to 0.44 for turbulent environment in airlift device. 

The subscript L, S represent liquid, particle, respectively.  

(2) Sinking velocity in LS segment 

Particles in a gas-liquid-particle bubbly flow have a 

much more complex sinking velocity than that in still 

liquid, because the velocity is also affected by the bubbles. 

Sakaguchi (Sakaguchi et al., 1999) measured the setting 

D

T
B

L
L

S
L

TBv

h

Particle 

Bubble 
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velocity in this bubbly flow and found that its sinking 

velocity was a function of the particle concentration in 

liquid. Based on these measured data and the free sinking 

velocity in still liquid, he proposed a correlation for this 

bubbly, as follow, 

[1 / (1 )]

[ / (1 )]

LS LS Y

S G
sl st LS LS W

S G

v v
 

 

− −
=

−
                                     (2) 

where, vsl is the particle sinking velocity in bubbly flow, 

Y, W the concentration coefficients of liquid and particle, 

respectively, α the volumetric fraction. The subscript G 

represents gas phase, and the superscript LS represents LS 

segment. 

The liquid concentration coefficient is expressed as 

(Sakaguchi et al., 1999), 

1.2

0[ / (1 )]LS LS

S GY a   −= −
                                          (3) 

where, a0 is a particle distribution index, and is expressed 

as (Sakaguchi et al., 1999), 

0

0.7

(34.9 6.53 )[ ]
/ (1 )

0.457( ) 1.31

LS LS

s G G

LS LS LS

sl G G G

s

d v
a

D v v

d

D



 
= −

− +

− +

            (4) 

where, v is phase velocity and D is the pipe diameter. 

The particle concentration coefficient is expressed as 

(Sakaguchi et al., 1999), 

(16.4 4.09 )[ ]
/ (1 )

0.797 0.732

LS LS

s G G

LS LS LS

sl G G G

s

d v
W

D v v

d

D



 
= −

− +

− +

           (5) 

(3) Mean sinking velocity in slug flow 

 The mean sinking velocity is very complex because it 

depends on the particle distribution and proportion in the 

LS and TB segments. Tomiyama et al. (2008)  made some 

statistics on the particle sinking velocity in airlift device, 

and proposed a correlation for estimating the mean sinking 

velocity, as follows, 

2 2.4 ( / ) 1
[1 ( ) ][1 ]

1 1

s S L A
sw st

G

d S
v v

D S

  



−
= − −

− −
                            (6) 

where, vsw is the meaning sinking velocity in slug flow, S 
the particle specific density, ρA apparent density of the 

three-phase mixture, and it is expressed, as follows, 

1.5( )G G L L S S
A SL

SL

     
 



+ +
=                                                (7) 

where, ρSL is the mean density of the liquid-particle slurry. 

The mean density of the liquid- particle slurry, ρSL, in 

Eq. (7) is defined as, 

1 1

SL
SL L S

G G


  

 
= +

− −
                                                  (8) 

3. PRESSURE DROP MODEL 

3.1 Effect of Sinking Velocity on Phase Movement 

Particles show different settling characteristics in 

different sections, which will also affect the real velocity 

of gas-liquid-solid in different sections. Previous studies 

have basically ignored this settling characteristic in the 
analysis of gas-liquid-solid velocity. Therefore, according 

to the particle settling characteristics, the gas-liquid-solid 

velocity is re-corrected 

(1) Phase velocity in TB segment 

Many researchers suggest the particle velocity be the 

same with the film velocity in TB segment, which is not 

accurate enough. As is known to all, the true movement of 

particle in liquid film is a superposition of a film flow and 

a particle sinking flow in liquid. Thus, its true velocity 

could be written as, 

TB TB

S L stv v v= +                                                               

(9) 

where, the superscript TB represents TB segment. 

Particle has some effects on gas and liquid velocities in 

slug flow. Many researchers (Bassani et al., 2017; Pao et 

al., 2018) suggested that a drift model could be still 

suitable for Taylor bubble. In this drift model, Taylor 

bubble velocity could be regarded as a function of liquid 

flowing velocity and the bubble drift velocity in still 

liquid, as follows,  

0

TB LS

G L btv c v v= +                                                        (10) 

where, c0 is Taylor bubble velocity distribution parameter 

and vbt is Taylor bubble velocity in stagnant liquid. The 

parameter c0 could be estimated from the gas-liquid 

Reynolds number in liquid slug, 

1.1 1

0 1.2 0.8{1 [(Re 600) / 585] }LSc −= + + −                   (11) 

where, ReLS is the gas-liquid Reynolds number in liquid 

slug. It is defined as, 

0.5

( )
Re

(1 )

LS LS LS LS

L G G L L
LS LS

l S

D v v  

 

+
=

−
                            (12) 

where, μl is liquid kinematic viscosity. 

Taylor bubble velocity in stagnant liquid is modified 

by Sakaguchi et al. (1988), as follows: 

0.5 2.67

1

0.5 0.5

0.25
{0.35 }

[( 1.9) / 2.12] 1

[ (1 ) ]

bt

LS L G
S

L

v
Bo

gD
 




= −
− +

−
−

              (13) 

where, Bo1 is the Bond number defined by (Fukano et al., 

1980), 

2 0.5

1 (1 ) /LS

L SBo gD  = −                                   (14) 
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For the film velocity, it could be derived from the 

mixture mass balance, as follows, 

1
= ( )TB TB TB TB TB

L L S G G G S STB

L

v j j j v v 


+ + − −         (15) 

where j is superficial velocity. 

According to the phase mass balance equations, the 

superficial phase velocity should be equal to the linear 

combination of its corresponding velocity in LS segment 

and TB segment, 

 =            , ,
LS LS TB TB

i i LS i i TB
i

LS TB

v L v L
j i G L S

L L

 +
=

+
(16) 

where, LTB, LLS represent TB length and LS length. 

The mean length of the large bubble and that of the liquid 

slug are very hard to be predicted by a determinate 

correlation, especially in gas-liquid-particle three-phase 

flow. Many researchers measured their length according 

to high-speed videotape recorder and found that their 

mean lengths are related to the phase superficial velocity 

(Al-Kayiem et al., 2017; Baba et al., 2017; Zitouni et al., 
2021). Sakaguchi et al. (1993) suggested estimating the 

TB length and LS length using two fitting formulas based 

on the experiment data, 

TB 1 1
G

L S G

j
L a b

j j j
= +

+ +
                                           (17) 

2 2
G

LS

L S G

j
L a b

j j j
= +

+ +
                                        (18) 

where, a1, b1, a2, b2 are length parameters, and they are 

affected by many factors, such as pipe diameter and 

particle diameter. Sakaguchi et al. (1993) suggested 

estimating these four parameters according to the 

experimental lengths. 

(2) Phase velocity in LS segment 

The particle velocity in LS segment has a sink effect 

in bubbly flow. Some researchers suggest the particle 

velocity be the same with liquid velocity in bubbly flow. 

Usually, particle velocity is smaller than liquid velocity in 

vertical pipe. And Sakaguchi et al. (1993) proposed a 

descending velocity for particle sink in bubbly flow and 

modified a correlation for its moving velocity, as follow, 

1

LS LS LS LS
LS S S L L
S s slLS

G

v v
v c v

 



+
= −

−
                            (19) 

where,vsl is the particle sinking velocity in bubbly flow. 

,  ,  LS LS LS

G L S  
are gas, liquid particle volumetric 

fractions in LS. 
,  ,  LS LS LS

G L Sv v v
are gas, liquid particle 

velocities in LS. cs is the particle distribution parameter, 

and is expressed, as follows, 

= exp( 1.1)
0.03 0.03

LS LS

S S
s s LS LS LS LS

S S L L

v
c m

v v



 
− +

+
             (20) 

0.0526
=

( )

sl
s LS LS LS LS

s S S L L

D v
m

d v v



 +
                                     (21) 

2= 128( ) 23.6 1.14s sd d

D D
 − + −                                (22) 

 Particle also affects the bubble velocity in LS segment. 

Bassani et al. (2017), Sakaguchi et al. (1988) investigated 

the bubble velocity in LS segment and found that these 

bubbles have an approximate velocity with that of Taylor 

bubble in TB segment. Delfos et al. (2001) further 

explained that the reason why bubble velocity in LS 

segment was same with that of Taylor bubble was that the 

generation of dispersed bubbles in LS segment were 

entrained from Taylor bubble tail. Thus, the gas velocity 

in LS segment could be written as, 

=LS TB

G Gv v                                                                       (23) 

where, 
TB

Gv are gas velocity in TB. 

 Thus, the liquid velocity in LS segment could also be 

derived from the mixture mass balance in LS segment, 

1
= ( )LS LS LS LS LS

L L S G G G S SLS

L

v j j j v v 


+ + − −               (24) 

(3) Mean phase velocity in slug flow 

The mean phase velocity of gas-liquid-particle three-

phase flow could be derived from their superficial 

velocities and mean volumetric fraction, as follows, 

 =            , ,i
i

i

j
v i G L S


=                                       (25) 

3.  2 Effect of Particle Sinking Phenomenon on Phase 

Distribution 

The sedimentation of particles will cause the particles 

to show complex distribution characteristics in LS and TB, 

thus affecting the gas-liquid-solid phase holdup. Therefore, 

the phase holdup of LS and TB was analyzed respectively, 
and the average phase holdup of the whole segment was 

calculated. 

(1) Phase volumetric fraction in TB segment 

Once particles participate in liquid film, it would 

affect the mixture volumetric fraction in TB segment. But 

phase volumetric fraction in TB segment is hard to been 

calculated directly. Sakaguchi et al. (1988) suggested to 

derived from the total phase volumetric fraction and the 

phase volumetric fraction in LS segment. As we know, the 

mean volumetric fraction could be calculated from its 

corresponding values in these two segment, as follows: 

       , ,
LS TB

i LS i TB
i

LS TB

L L
i G L S

L L

 


+
= =

+

                    (26) 

Thus, the phase volumetric fraction in TB segment could 

be derived as, 
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( )
       , ,

LS
TB i LS TB i LS
i

TB

L L L
i G L S

L

 


+ −
= =

           (27) 

(2) Phase volumetric fraction in LS segment 

Particles were uniformly distributed in liquid film in 

TB segment and liquid phase in LS segment, as reported 

by many researchers (Sakaguchi et al., 1988). Sakaguchi 

et al., 1988; further found that the ratio of particle 

concentration to liquid-particle mixture was always a 
constant value whether in liquid film or liquid slug body. 

Thus he proposed a correlation for the variation of particle 

volumetric and liquid volumetric in slug flow, as follows, 

LS TB

S S S

LS LS TB TB

S L S L S L

  

     
= =

+ + +
                               (28) 

Thus, it could be derived from Eq.(28) that, the liquid 

volumetric fraction in LS segment could be written as, 

LS LS LSS L
L S S

S

 
  



+
= −                                        (29) 

Particles affect the phase volumetric fraction in slug 

flow, but these particles don’t change the total structure of 

slug flow. Thus, Sakaguchi et al. (1988) declaimed that 

Akagawa- Sakaguchi correlation for the ratio of gas 

volumetric fraction to liquid volumetric fraction in gas-

liquid two-phase flow could also be extended to gas-

liquid-particle three-phase flow, as follows: 

( )
1 1

LS

G G

LS

S S

 

 
=

− −
                                                     (30) 

where, γ is an empirical constant, which is proposed by 

Sakaguchi et al. (1993), as follows: 

0.512( )
=350[ ]l L S G

l

j j j D




−+ +
                                (31) 

Thus, the particle volumetric fraction in LS segment 

could be derived from Eq.(30), as follows, 

1
1 ( )LS LSS

S G

G


 



−
= −                                                (32) 

Thus, the gas volumetric fraction in LS segment 

could be calculated as,  

1LS LS LS

G S L  = − −                                                  (33) 

(3) Mean phase volumetric fraction in slug flow 

Particle would occupy some space of gas flow in 

airlift pipe, as reported by Sato et al. (1991). And its mean 

volumetric fraction could be calculated from its superficial 

velocity and mean velocity, as follows,  

S
S

S

j

v
 =                                                                          (34) 

where, vs is particle mean velocity. 

According to correlations for the velocity of particles 

in a three-phase flow proposed by Sato et al. (1991), vS is 

expressed as 

S sw

A

m
v c v


= +                                                                 (35) 

where, c is particle distribution coefficient in slug flow, ρA 
apparent density of the three-phase mixture, vsw wall-

affected settling velocity of the particles in an imaginary 

still three-phase mixture and m mass flux of the gas liquid 

particle mixture, which could be derived from the phase 

density and superficial velocity, as follows, 

G G L L S Sm j j j  = + +                                                   (36) 

The particle distribution coefficient is defined as  

5 /(1 )
1 0.2 S Gc e

 − −
= +                                                          (37) 

Many researchers used to measure the mean gas 

volumetric fraction under gas liquid particle flow 

condition, and modified a correlation for gas volumetric 

fraction based on the correlation in gas-liquid two-phase 

flow. It could be found that gas volumetric fraction is a 

function of the density of liquid-particle slurry and a ratio 

of gas mass flow to mixture mass flow, as follow (Kassab 

et al., 2007), 

0.5 1/ 0.4(1/ 1)1 1
{1 0.4 ( 1) 0.6 ( 1)[ ] }

1 0.4(1/ 1)

G G SL G
G

SL SL

x

x x x

   


 

−+ −
= + − + −

+ −
   

   (38) 

where, x is a ratio of gas mass flow to mixture mass flow 

and is defined as, 

G Gjx
m


=                                                                       (39) 

Eqs.(34)-(39) are the classical models for calculating 

gas and particle volumetric fractions of gas-liquid-particle 

slug flow in airlift pump, which has been verified by many 

researchers (Sato et al., 1991). Thus, the liquid volumetric 

fraction could be derived from the gas and particle 

volumetric fractions,  

1L G S  = − −                                                               (40) 

The above Eqs. (34)-(40) could describe the mean 

phase volumetric fraction in airlift device. Base on its 

mean phase volumetric fractino and Eqs. (26)-(33), the 

detailed phase volumetric fraction in TB segment and LS 

segment could also be calculated. 

3.3 PDM 

The pressure difference is related to the phase holdup and 
the velocity of each phase. Therefore, the pressure drop 

equation is established based on the mechanical 

equilibrium. 

For this idealized unit cell, a force balance equation 
for the total gas liquid particle phase in this cell could be 

given out, 
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( ) ( )

( )

TB LS G G L L S S

TB LS a w

dP
A L L g g g

dz

A L L F F

     + = + + 

+ + +

   

    (41) 

where, A is pipe cross sectional area, P the pressure, z the 

flow distance, Fa the inertia force and Fw the friction 

between mixture fluid and pipe wall. 

Usually, the inertia force of gas liquid particle in this 

unit is extremely small and can be ignored under a stable 

flow condition. Thus, the pressure drop could be derived 

from Eq. (41), 

( )
( )

w
G G L L S S

TB LS

FdP
g g g

dz A L L
     = + + +

+
 (42) 

The friction in slug flow is complex, because the 
mixture in TB and liquid slug segment shows different 

behaviors. As we know, bubble-liquid-particle mixture in 

liquid slug usually moves upward, while, liquid film 

around Taylor bubble falls down along the pipe and has an 

opposite flow direction with that of its surrounding Taylor 

bubble. That’s to say, the friction in liquid slug and in 

liquid film shows two opposite directions. Moreover, gas 

is separated from pipe wall and doesn’t participant in the 

friction in TB segment, which is also different from that in 

the LS segment. 

In LS segment, bubbles and particles are uniformly 

distributed in liquid, which could be regarded as a three-
phase bubbly flow as said by Sakaguchi et al. (1993). For 

gas-liquid-particle bubbly flow, Sakaguchi et al. (1993) 

measured its pipe wall friction under all kinds of phase 

velocity, and proposed a correlation for this friction based 

on a multiplier method, as follows: 

2
2( )

2

LS LS LS
LS L L L L

w LS LS

v
F L

D

  
=                                (43) 

where, FLS w is friction in LS segment, λLS L friction 

coefficient in liquid slug, ΦLS the two-phase multiplier in 

LS segment, and this multiplier could be expressed as: 

4.95
2 1

(1 350 )
1 Re

LS

SLS G
LS LS LS LS

G L LFr

 



−
 = +

−
                          (44) 

where ReLS L represents liquid Reynolds number in liquid 

slug while FrLS L Froude number in liquid slug. 

The liquid Reynolds number, ReLS L, and Froude 

number, FrLS L, in liquid slug could be calculated as 

follows: 

Re /LS LS LS

L L L L lv D  =                                           (45) 

2( ) /LS LS LS

L L LFr v gD=                                            (46) 

The friction coefficient, λLS L, in liquid slug in Eq. 

(43) can be estimated by 

0.25

64 / Re                           Re 2300

0.3164(Re )                Re 2300

LS LS

L LLS

L LS LS

L L


−

 
= 


  (47) 

In TB segment, liquid film with some particles falls 

down along the pipe and its friction acted by pipe wall is 

in the opposite direction with that in liquid slug, which 

means its friction is different from that in liquid slug flow, 

because Taylor bubble has no contact with the pipe wall. 

Sakaguchi et al. (1993) regarded this friction as a friction 

of a liquid-particle two-phase flow with pipe wall, and he 

modified a classical liquid-particle frictional correlation 
by considering the annular film-particle flow structure, as 

follows: 

2
2( )

2

TB TB TB
TB L L L L

w TB TB

v
F L

D

  
= −                             (48) 

where FTB w is the friction in TB segment, λTB L friction 

coefficient in Taylor bubble segment, ΦTB the two-phase 

multiplier in Taylor bubble segment, and this multiplier 

could be expressed as: 

2 2.8

3.62

400
1 ( )

( ) 1
0.038

TB
TBL

TB S
s st

v

d v

D

− = +

+
                (49) 

The friction coefficient in Taylor bubble segment, 

λTB L in Eq.(48) could be expressed as, 

0.25

64 / Re

0.3164(Re )

TB

LTB

L TB

L


−


= 


                                           (50) 

Re / [( ) ]TB TB TB TB TB

L l L L L S lv D    = +                   (51) 

Through Eqs.(43)-(51), the friction in TB and LS 

segment could be estimated, respectively. Thus, its total 

friction in a whole slug unit in Fig. 2 could be calculated 

as follows: 

TB LS

w w wF F F= +                                                        (52) 

4 NUMERICAL ANALYSIS 

For a gas-liquid-particle-flow, the common 
calculation method is CFD, in which a classical Eulerian-

Eulerian-Eulerian method with a kinetic theory of granular 

flow is usually used to describe the flow characteristics of 

three phase. This method is useful for a three-phase bubbly 

flow where discrete bubbles and particles are uniformly 

distributed in the continuous liquid phase, but it is 

obviously not suitable for the non-homogeneous structure 

of slug flow in the airlift device, because this method is 

hard to describe the different bubble shapes in slug flow, 

and also cannot reflect the different sinking phenomenon 

of particles in TB segment or LS segment. Thus, a new 

calculation method is needed to be proposed. 

Compared with the traditional CFD calculation, the 

theoretical calculation method is directly aimed at the 

three-phase elastic flow structure of the pneumatic pump. 

In the calculation process, the phase holdup characteristics 

of the gas-liquid-solid can be calculated directly through 

the formula without dividing the three-dimensional space 

into grids, which saves a lot of calculation time. In 

addition, from the perspective of nonlinear equation 

calculation, this method directly considers a steady-state
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Fig. 3 Flow chart of numerical method 

 

flow problem without time dimension, and can directly 

iteratively solve the change characteristics of pressure 

difference under steady-state loading through 

mathematical expressions. The calculation speed is fast 

and the calculation accuracy is high, and the results are 

presented in explicit expressions, which is convenient to 

analyze the causality between variables. 

4.1 A distribution Calculation Method for This Model 

An independent programming method is employed 

for calculating this model. As we know, the model 
described in Part 2 is a complex nonlinear system sensitive 

to their initial values. A direct method for calculating all 

the equations in Part 2 simultaneously is impractical 

because there are too many variates and their proper initial 

values are difficult to set. Thus, a distribution calculation 

method is employed in this calculation. The first step is to 

calculate the volumetric fraction in slug flow; the second 

step is to calculate the phase velocity, and the last step is 

to calculate the pressure drop. The flow chart of the 

numerical method is shown in Fig. 3. And the main steps 

for solving this model are as follows, 

(1) Step 1: Calculate the volumetric fraction in slug 

flow.  

Solving the mean phase volumetric fraction. First, set 

the value of the gas-liquid-particle superficial phase 

velocities and pipe diameter, particle diameter, density and 

some other known parameters. Then, two implicit 

equations (Eq. 34, Eq. 38) were selected and solved for 

mean gas and particle volumetric fraction (αG, αS) through 

a nonlinear equation algorithm with the help of MATLAB 

software by using Eqs.(8), (36), (39), Eqs. (6), (7), (35), 

(37), (40) as auxiliary equations. At last, the liquid 

volumetric fraction could also be estimated from Eq. (40). 

 Calculating the phase volumetric fraction in liquid slug 

and Taylor bubble segment. In this step, the Taylor bubble 

length and liquid slug length should be first estimated 

according to our experimental data. Sakaguchi (15) found 

that the length parameters a1 b1 a2 b2 were about 1.080, 

0.411, 0.283, 0.272 for pipe diameter 30.6 mm and particle 

diameter 2.57 mm. Considering the difference between 

our experimental apparatus and particle material, we 

modified these four length parameters according to the 

measured data in airlift pumps. The images of three-phase 

flow at different gas-liquid-solid apparent velocities were 

obtained by high-speed photography. The length of Taylor 

bubble section and the length of slug flow section at 
different gas-liquid-solid apparent velocities were 

calculated by image processing. When length and apparent 

velocity are obtained, the four parameters a1, b1, a2 and 

b2 are obtained by linear fitting analysis for equation (17)-

(18). For the known parameters (αG, αL, αS, LLS, LTB), the 

phase volumetric fractions in liquid slug and Taylor 

bubble segment could be estimated from Eqs. (26)-(33) by 

solving linear algebraic equations using MATLAB 

software. 

(2) Step 2: Calculate the phase velocity in slug flow.  

Three nonlinear equations (Eqs. (2), (10), (19)) for 
the unknown parameters (vTB G, vLS S , vsl ) were solved 

through a least square method, while other equations (Eqs. 

(3)-(5), (11)-(14), (20)-(22)) were used as explicit 

auxiliary equations. After this, other phase velocities could 

also be calculated by inserting the vTB G, vLS Sinto Eqs. 

(9), (15), (23)-(25).  

(3) Step 3: Calculate the pressure drop 

For the known phase velocities and volumetric 

fractions, the friction could be estimated from Eqs.(43)-

(52). Finally, the pressure drop could be calculated 

through Eq. (42). 

Compared with the direct calculation method, the 
distribution method greatly improves its calculation accuracy 

and convergence speed, because it only needs to supply 

five initial values (αG, αS, vTB G, vLS S , vsl), and its 
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(a) Gas effect 

 

(b) Liquid effect 

 

(c) Particle effect 

Fig. 4 Particle sinking velocity versus phase 

superficial velocity 

 

number of calculation equations in each step is also fewer 

than that in the direct calculation method 

4.2 Numerical Results 

(1) Particle sinking phenomenon in slug flow 

Particle sinking velocity is not related to liquid 

velocity in a single-phase liquid flow, but it changes when 

flows in the gas-liquid environment, because the 

volumetric fractions of the gas phase and liquid phase 

change with the superficial phase velocity. Figure 4 shows 

the variations of particle sinking velocities at different 

superficial velocities of the phases in slug flow. It could 

be found that an increase of gas superficial velocity would 

accelerate particle sinking velocity because gas produces 

a small interface friction with particles. An increase of 

liquid or particle superficial velocity could decrease the 

gas volumetric fraction, which finally results in a small 

particle sinking velocity, as shown in Fig. 4 (b)-(c). Thus, 
it could be deduced from Fig. 4 that the most serious 

blockage problem will happen under high gas flow rate 

conditions. This is consistent with actual engineering that 

few particles are pumped even under a high gas flow rate 

for a deep sea mining. 

It can be seen from Fig. 4 that the higher the gas flow 

rate, the higher the sedimentation velocity of solid 

particles. This shows that the sedimentation effect of 

solids is more obvious at higher intake gas. Once the 

momentum of the gas phase cannot be transferred to the 

solid particles in time, a large number of solid particles 

settling effect will cause particle accumulation, resulting 

in pipeline clogging. 

(2) Phase volumetric fraction 

The particle would take up some spaces in the rising 

pipe and affect the volumetric fraction. To investigate this 

effect, an example of the variation of phase volumetric 

fraction versus particle superficial velocity is shown in 

Fig. 5. It could be found that an increase in particle 

superficial velocity could linearly increase its volumetric 

fraction and slightly increase liquid volumetric fraction, 

but decrease gas volumetric fraction. It is reasonable that 

the occupied space of particles increases with its intake 
flow rate. Many researchers ignored the effect of particles 

on gas volumetric fraction because they regarded particles 

as a part of the liquid phase. It is not accurate enough, as 

shown in Fig. 5 (b), because particles have an extruding 

effect on the gas phase. It may also be unusual that the 

liquid volumetric fraction increases slightly with an 

increase of particle superficial velocity. This is because 

the liquid film becomes thick when the particle is involved 

in this film. 

(3) Phase velocity 

Particle also has some effects on gas and liquid 
velocity, as shown in Fig. 6. It could be found that both the 

mean particle velocity and mean gas velocity increase with 

an increase of particle superficial velocity, but the mean 

liquid velocity decreases with the particle superficial 

velocity. As we know, particles are immersed in liquid and 

have a smaller velocity than those of the liquid phase, 

which will form a drag effect on liquid. When the liquid 

decelerates, the friction between the liquid and gas phase 

also reduces, which will finally increase the gas velocity, 

as shown in Fig. 6 (b). 

(4) Pressure drop analysis 

Particle also affects the mixture pressure drop, 
because it has already changed the phase volumetric 

fraction and phase velocity. Figure 7 (a) shows the 

pressure drop as a function of gas superficial velocity.  

It is found that the pressure drop decreases sharply and 

then slowly with the increasing gas superficial velocity. 
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(a) Particle volumetric fraction 

 

(b) Gas volumetric fraction 

 

(c) Liquid volumetric fraction 

Fig. 5 Phase volumetric fraction versus particle 

superficial velocity 

 

Especially for a large gas superficial velocity (JG>2 m/s), 

this pressure drop seems to reach a definite value even if 
the gas superficial velocity is further increased. The 

pressure drop versus liquid superficial velocity is shown 

 

(a) Particle mean velocity 

 

(b) Gas mean velocity 

 

(c) Liquid mean velocity 

Fig. 6 Phase mean velocity versus particle superficial 

velocity 

 

in Fig. 7 (b). It could be found that an increase of liquid 

superficial velocity leads to a large pressure drop, which 

means an increase of the injecting velocity of the liquid is 

also good for particle transportation. The pressure drop 
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(a) Gas effect 

 

(b) Liquid effect 

 

(c) Particle effect 

Fig. 7 Pressure drop versus phase superficial velocity 

 

versus particle superficial velocity is shown in Fig. 7 (c). 

It could be found that pressure drop increases with particle 

flow. Thus, It could be found that an increase of liquid or 

particle flow rate could efficiently enhance the pressure 

drop and that an increase of gas flow rate is not suggested 

to enhance the pump performance. Some former 

researchers tried their best to supply a high-pressure pump 

 

(a) Sketch map of airlift device 

 

(b) Air injector device 

Slug flowLiquid dropsGas-liquid separated flow

Gas

Liquid

Particle
 

(c) Principle of air injector 

Fig. 8 Experimental system 

 

at the bottom of the airlift pipe to increase the pressure 

drop. This way is efficient, but also brings a high cost for 
making high-pressure gas flow. In fact, some other ways, 

such as increasing the initial flow rate of liquid or particle, 

maybe a good way to improve pump performance.  

As can be seen from Fig. 7, the greater the gas intake, 

the lower the pressure difference, while the greater the 

liquid velocity, and the greater the solid velocity, the 

greater the pressure difference. This shows that large 

pressure difference can drive the movement of mineral 

particles in practice. That is, in actual working conditions, 

the pressure difference should be increased, so as to 

improve the lifting efficiency more quickly. 

5 EXPERIMENTAL VERIFICATION 

The experimental device is shown in Figs. 8 and 9. 

Gas is supplied by a compressor and is injected into the 

rising pipe through an air injector. Water is employed as a 

liquid material and is injected into the bottom of the air 

injector by a centrifugal pump. A particle with a density 

of 1967 kg/m3 and a diameter of 2 mm is supplied from a 

particle feeder and is fed into the bottom of the air injector. 

An annular venturi injector, as shown in Fig. 8 (b)-(c), is 

employed and mounted at the bottom of the rising pipe to 

Water 

tank

Air inlet

Compressor
Filter

Air 

vessel

R
is

e
r 

p
ip

e

Supply

tank

Air separator 

High speed camera

Centrifugal 

pump 

1

1

Gate value

Regulator value

Gas turbine flow meter

Air injector

Pressure tranductor

Pressure gauge

Drain

2

3

4

5

6

2

3

4

5

6

Intermediate tank

Water 

collecting 

tank

Srainer

Particle 

feeder

H
1

H

H
0

Gas 

Liquid 

Particle 



H. Long et al. / JAFM, Vol. 18, No. 9, pp. 2252-2267, 2025.  

 

2263 

mix gas liquid particles in a three-phase flow and further 

generate a slug flow at the bottom of the rising pipe. The 

rising pipe above this air injector is about 2500 mm in 

length and has an inner pipe diameter of 30 mm. Gas, 

liquid, the particles are firstly mixed in the air injector, 

then flow through this pipe, and finally are separated at the 

end of the rising pipe. In the air separator, gas is released 

into the atmosphere from the pinholes on the cover of the 
separator and the liquid particle phase is discharged into a 

water collecting tank. 

In this experiment, the initial height of the supply 

tank (H1) is 2200 mm, and the immersed depth of the air 

injector (H0) is 200 mm. During the experiment, the 

particle is continuously fed by manual method with a mass 

flow rate range of 0- 0.1 Kg/s. The air intake should not 

be too low or too large. According to research results of 

Wang et al. (2020), gas is controlled by a speed control 

valve with a flow range of 0-0.0035 m3/s.  If it is too high, 

it will enter the annular flow. Water is controlled by a 

pump with a flow rate range of 0-0.05 m3/s. The inlet gas 
flow rate is measured by a gas turbine flow meter (type: 

LUGB15) with an accuracy of ±1%. The output liquid and 

particles are separated artificially at the end of the rising 

pipe and are measured through a manual weighing 

method. To accurately obtain the weight of solid particles, 

the sampled output particles are weighted after 5-minute 

dehydration in natural state. The detailed measured 

method has also been thoroughly introduced in our 

previous paper (Wang et al., 2020).  

To observe the hydrodynamics of gas-liquid-particle 

flow, this pipe is made of transparent glass. A high-speed 
camera is mounted about 1800 mm away from the air 

injector. To obtain the pressure drop, an Omega PX2300 

differential pressure transducer in a range of 0-4 KPa and 

with an accuracy of 0.25% over the full scale is employed 

for measuring the pressure drop in the rising pipe.  

Considering the complexity of gas-liquid-solid three-

phase flow, the solid and liquid flow were measured five 

times under the same air intake condition, and the average 

results were obtained. Error analysis of liquid flow is 

carried out. The uncertainty factors are mainly caused by 

measurement error and system error. The error size is as 

follows: 

2 2

a berr e e= +                                                             (53)
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å

                                      (54)
 

According to the accuracy of the liquid flowmeter 

and the data of five measurements, the liquid flow error 

and solid mass flow error of the pneumatic lifting pump 

are 0.73% and 0.86% respectively. 

A slug flow in the rising pipe, as shown in Fig. 10. It 

shows an intermittent flow characteristic that a Taylor 

bubble structure and a slug body alternately flow in this 

pipe. It can also be seen that the particle is distributed in 

this slug flow structure. There is no doubt that this particle 

would contribute to mixture pressure. 

 

Fig. 9 Airlift pump device 

 

 

Fig. 10 Gas-liquid-particle flow structure at 

JG=3.5m/s, JL=0.3 m/s, JS=0.02 m/s. 

 

Pressure drop could also be recorded by the pressure 

transducer at different phase superficial velocities. In 
order to validate this novel PDM, its predictive 

capabilities can be assessed using the calculation method 

outlined in section 3.1, under the same phase superficial 

velocity conditions. Additionally, a classical gas-liquid 

PDM, as proposed by Cachard et al. (1996), is utilized for 

comparative purposes against this new model. Figure 11 

shows the results of the new model, traditional model, and 

experimental data at different phase superficial velocities.  
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(a) At different gas velocities 

 

(b) At different liquid velocities 

 

(c) At different particle velocities 

Fig. 11 Calculated pressure drop versus measured 

pressure drop in airlift device 

 

It could be found that the predictive data in this new 

model fit well with the experimental data, and its prediction 

 

(a) Traditional mode 

 

(b) New mode 

Fig. 12 Error comparison of prediction model 

and experimental data 

 

accuracy is better than that of the traditional model. As 

shown in Fig. 11, it could be found that the prediction 

accuracy is greatly improved by this new model, 
especially at low gas, low liquid, and large particle 

superficial velocities, because the particle volumetric 

fraction and mean velocity increase under this condition. 

Based on the experimental data and the prediction 

data calculated at the same working condition, statistical 

maps that use the experimental data as the abscissa and the 

prediction value as the ordinate could be drawn, just as 

shown in Fig. 12. It could be found that the prediction error 

between traditional model and experimental data is in a 

range of 23%, as shown in Table 1-3, while the error 

between new model and experimental data is in a range of 
11%, which means the prediction accuracy of this new 

model increases by 12%. Compared with the experimental 

data, this new model still has an error of 11% in predicting 

the mixture pressure drop. One reason is that the inertia 

force of gas-liquid particles is ignored. From the 

mechanical equilibrium equation, the total pressure 

difference is equal to the sum of gravity, inertia force and 

friction force on the tube wall. This inertial force can be  
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Table 1 Calculated data by new model (JL=0.2, Js=0.01) 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

1.3 3169 2.2 2543 3.1 2195 4 1966 

1.4 3074 2.3 2495 3.2 2165 4.1 1946 

1.5 2987 2.4 2450 3.3 2137 4.2 1925 

1.6 2908 2.5 2408 3.4 2109 4.3 1906 

1.7 2836 2.6 2368 3.5 2083 4.4 1887 

1.8 2768 2.7 2330 3.6 2058 4.5 1869 

1.9 2706 2.8 2293 3.7 2034 4.6 1852 

2 2648 2.9 2259 3.8 2010 4.7 1835 

2.1 2594 3 2226 3.9 1988 4.8 1818 

 

Table 2 Calculated data by gas-liquid model (JL=0.2, Js=0.01) 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

1.3 2711 2.2 2202 3.1 1928 4 1790 

1.4 2640 2.3 2162 3.2 1908 4.1 1779 

1.5 2572 2.4 2124 3.3 1890 4.2 1768 

1.6 2509 2.5 2089 3.4 1872 4.3 1757 

1.7 2449 2.6 2057 3.5 1856 4.4 1746 

1.8 2393 2.7 2027 3.6 1842 4.5 1735 

1.9 2340 2.8 2000 3.7 1828 4.6 1723 

2 2291 2.9 1974 3.8 1815 4.7 1711 

2.1 2245 3 1950 3.9 1802 4.8 1699 

        

 

Table 3 Experimental data (JL=0.2, Js=0.01) 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

Gas 

velocity 

Pressure 

drop 

2.02 2800 3.52 2270 4.11 1830 4.67 2080 

2.54 2690 4.02 2150 3.59 1890 3.14 2330 

3.15 2460 4.5 2140 2.79 2080 4.25 2030 
 

ignored if the particles and the fluid are at constant 

velocity. However, in the actual flow process, the particles 

are not uniform, but show a very complex accelerated 
motion state, and the acceleration of ls segment and TB 

segment are different, and the greater the acceleration, the 

greater the inertial force, the lower the prediction accuracy 

of pressure difference. In fact, this inertia force may 

contribute to pressure drop, especially in large flow rates. 

The other reason is that the ideal structure of gas-liquid 

particle slug flow ignores the existence of little particles 

and liquid drops in Taylor’s bubble. In fact, a small 

quantity of particles and liquid drops could enter Taylor’s 

bubble, which further affects the phase volumetric 

fraction. The existing researchers ignored the above two 

reasons, which warrants further investigation to 
understand the effect of inertia force and the entrainment 

of liquid-particle in Taylor bubbles on the three-phase 

mixture pressure drop. 

6 CONCLUSIONS 

(1) A novel pressure drop model for a seabed airlift 

device is proposed by considering the particle sinking 

phenomenon. Traditional models overlook particle 

sinking, often leading to blockages during the design and 

operation of airlift devices. This new PDM incorporates 

the phase volumetric fractions and velocities under the 
particle sinking phenomenon. This illustrates the effects of 

particle sinking velocity on the hydrodynamic of mixture 

flow and fills the gap in the PDM for the ore airlift device. 

(2) A distribution calculation method is proposed for 

calculating this new method. The CFD method cannot 

describe the non-homogeneous structure and the different 

sinking phenomenon of particles in slug flow in airlift 

devices. Because it is necessary to embed particle 

kinematics equation and coupling EDEM software in 

CFD. In addition, there are large Taylor bubbles and small 

bubble groups in the elastic flow, so it is necessary to 

introduce the bubble breaking model. Therefore, it is 
difficult for CFD to describe this non-uniform structure. 

An independent programming method is employed for 

calculating this model. Compared with the direct 

calculation method, the distribution method greatly 

improves its calculation accuracy and convergence speed.  

(3) An experimental device is set up to verify the 

correctness of the PDM. It is found that, with an error in a 

range of 11%, the new model has high accuracy, which is 

12% higher compared with traditional models.  
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(4) This new model is innovative because it takes the 

particle sinking effect into consideration, which is a 

common phenomenon in airlift devices but is usually 

ignored by former researchers. This contribution holds 

significance in bridging the existing gap within pressure 

drop modeling for ore airlift devices and simultaneously 

enhances ore transport capacity. However, to elevate the 

predictive accuracy of the PDM in future endeavors, 
additional efforts are warranted, such as incorporating the 

influence of mixture inertia forces and liquid-particle 

entrainment on mixture pressure drop. 
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